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Abstract

A complete two-phase model is presented for film condensation from turbulent downward flow of vapor—gas mixtures in a vertical
tube. The model solves the complete parabolic governing equations in both phases including a model for turbulence in each phase, with
no need for additional correlation equations for interfacial heat and mass transfer. A finite volume method is used to form the discretized
mean flow equations for conservation of mass, momentum, and energy. A fully coupled solution approach is used with a mesh that auto-
matically adapts to the changing film thickness. The results of using three turbulence models involving combinations of mixing length
and k— models in the film and mixture regions are compared. This new model is extensively compared with previous numerical and
experimental studies. In the experimental comparisons, it was found that a model consisting of a k—¢ turbulence model for both the film
and the mixture flows produced the best agreement. Results are also presented for a parametric study of condensation from steam-air
mixtures. The effects of changes to the inlet Reynolds number, the inlet gas mass fraction, and the inlet-to-wall temperature difference on
the film thickness and heat transfer are presented and discussed. Local profiles of axial velocity, temperature, and gas mass fraction are

also presented.
© 2007 Elsevier Ltd. All rights reserved.
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1. Introduction

The study of steam condensation in vertical tubes is
important because of its relevance to the refrigeration,
chemical processing, and thermal power generation indus-
tries. In the nuclear power generation industry, the effect of
non-condensable gas during film condensation in a vertical
tube is an important phenomenon in passive containment
cooling systems. Since the pioneering analytical work of
Nusselt [1], there have been numerous studies of external
and internal condensation for various geometries. Studies
of condensation in the presence of a non-condensable gas
have shown the detrimental effect on heat transfer of the
gas because of its build up at the liquid-mixture interface.
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For the case of pure vapor condensation in vertical
tubes, there have been simple correlations developed that
yield the local heat transfer coefficient along the length of
a tube [2,3], more advanced solutions developed from
approximate sets of equations of motion [4-8], or more
complete models [9,10]. For example, Panday [10] pro-
posed a model for pure vapor condensation with turbu-
lence in both the liquid film and the core. In this model,
Panday solved a full set of parabolic governing equations
including the conservation of mass, momentum, and
energy in both the liquid film and the vapor core. Turbu-
lence was modeled in both regions using a mixing length
model developed by Pletcher [11].

For the case of condensation in the presence of a non-
condensable gas, previous simplified theoretical analyses
have employed either a heat and mass transfer analogy
[12-15], stagnant film layer or diffusion-layer approaches
[16,17], or self-similar velocity profile assumptions [18].
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Nomenclature

C, specific heat [J kg™' K]

C, constant in the k—& model

Co constant in the k— model

C, constant in the k— model

D diffusion coefficient [m*s~!]

D” damping function

b constant in the k—& model

Ju function in the k—¢ model

g gravitational acceleration [m s 2]

hig latent heat of vaporization [J kg~']

hy. local interfacial heat transfer coefficient
(42 /(Tint = Twan)) [W m "’ K_l]

h. local heat transfer coefficient (q7/ATi,)
Wm 2K

J mass flow rate at control volume faces in the 5

direction [kg s~ ']

k turbulent kinetic energy [m” s~ ]

4 mixing length [m]

m total mass flow rate [kg s ']

Nu. local Nusselt number (4,2r¢/A1)

P pressure [N m 2]

P* dimensionless pressure gradient in mixing length
model

Pr Prandtl number (uCp/2)

q heat flux at the tube wall [W m 2]

r radial coordinate [m]

To radius of tube [m]

Rej. Reynolds number used in the k—¢ model

Re;,  inlet Reynolds number (p;,uin270/ 1)
Sc Schmidt number (pD/u)

T temperature [K]

ATy,  inlet-to-wall temperature difference (T, — Twan)
(K]

T dimensionless temperature (T — Tyan)/
(Tin - Twall)

u velocity in the z-direction [m s ']

u” dimensionless velocity in the z-direction (u/u;y,)

U, friction velocity (\/‘L’/_p) ms ']

Ut dimensionless axial velocity in the mixing length
model

v velocity in the r-direction [m s~ ']

Vi dimensionless transverse velocity in the mixing
length model

w gas mass fraction

X quality

y transverse coordinate [m]

y* wall normal coordinate in the mixing length
model

z axial coordinate [m]

z* dimensionless axial coordinate (z/2ry)

Greek symbols

Y relative error

0 thickness of condensate layer [m]

6" dimensionless film thickness (J/ro)

OBL boundary layer thickness in the mixing length
model [m]

& dissipation rate [m?s ]

n transformed coordinate in the r-direction

A thermal conductivity [Wm~' K]

A turbulent thermal conductivity [W m™' K]

u dynamic viscosity [N's m ]

0 density [kg m ]

O constant in the k— model

o, constant in the k— model

T shear stress [N m 2]

b transformed coordinate in the z-direction

Subscripts

b bulk

cw cooling water

eff effective

ft fully developed turbulent region

g gas

in tube inlet

int liquid-mixture interface

L liquid

M vapor—gas mixture

0 wall or interface in mixing length model

sat saturation condition

sb bulk saturation

v vapor

wall tube wall

Superscripts

" flux, per unit area

n current iteration level
t turbulent

Models using a more complete analysis solved the govern-
ing conservation equations in both the liquid film and the
vapor—gas mixture and linked them with interfacial bound-
ary conditions. Yuann [19] used such an approach to solve
for turbulent film condensation from a steam-air mixture in
vertical tubes. Yuann used a set of conservation equations
similar to those in [10], except that turbulence was modeled
using the low Reynolds number k¢ model of Jones and

Launder [20] in both phases. Yuann also solved a gas con-
servation equation and used an empirical correlation to
account for a wavy interface.

There have been several notable experiments performed
to study condensation of both pure vapor and vapor—gas
mixtures in vertical tubes. Goodykoontz and Dorsch [21]
performed a series of experiments on pure steam condensa-
tion. More recent experiments included the presence of a
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non-condensable gas [22,23]. Siddique [22] and Kuhn [23]
both studied steam condensation in the presence of air or
helium flowing downward in a vertical tube. Results from
Siddique’s experiments were presented for a wide range
of inlet temperature, inlet gas mass fraction, and inlet Rey-
nolds numbers. Kuhn presented a new, more accurate
method in measuring the coolant bulk temperature along
the tube.

The model presented in this work solves the complete
two-dimensional, parabolic equations for film condensation
from vapor—gas mixtures in vertical tubes. The governing
equations are solved in the liquid phase and in the vapor—
gas mixture phase, including a turbulence model in each
phase. The solution method is based on an approach devel-
oped by Siow [24] for condensation in parallel-plate chan-
nels and applies only to co-current flows of a film and a
gas—vapor mixture. The approach does not make use of a
heat and mass transfer analogy, a diffusion layer, or a stag-
nant film analysis. Furthermore, no correlation equations
are required to compute interfacial heat and mass transfer;
these values are accounted for implicitly through boundary
conditions applied at the liquid-mixture interface and are
computed as part of the solution to the governing equa-
tions. In the numerical implementation, the present work
uses a mesh that adapts automatically to the changing
liquid film thickness along the tube and maintains a clearly
defined interface between the phase regions. A fully coupled
method is used to solve the discretized equations of conser-
vation of mass, momentum, and energy in both phases
simultaneously, producing excellent convergence behavior
even for cases of high inlet gas mass fraction. The turbu-
lence model equations are solved in a segregated manner.
Three turbulence modeling approaches are compared: (1)
Pletcher’s mixing length model applied in both phases, (2)
the Jones and Launder low Reynolds number k—¢ model
applied in both phases, and (3) a combination of the k—¢
model applied in the core and the mixing length model
applied in the film. The three approaches are evaluated by
comparison of model predictions with experimental data
from Goodykoontz and Dorsch [21], Siddique [22], and
Kuhn [23]. This article presents the numerical model used,
the comparisons of the three turbulence modeling
approaches with experimental data, and a parametric study
showing the effects of various independent parameters on
condensation predictions made using the present model.

2. Mathematical model
2.1. Problem description

The problem being considered is shown schematically in
Fig. 1. A downward turbulent flow of a mixture of a satu-
rated vapor and a non-condensable gas enters a vertical
tube of radius ry with a uniform temperature, T;,, a uni-
form axial velocity, u;,, a uniform pressure, P;,, and a uni-
form gas mass fraction, Wj,. The temperature of the tube
wall is maintained lower than that of the inlet mixture,
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Fig. 1. Domain definition.

resulting in vapor condensation and a liquid film of thick-
ness, J, developing at the wall along the length of the tube.
Starting from a film thickness of zero at the inlet, the liquid
film flow is laminar near the inlet and can become turbulent
at some distance down the tube. The flow is assumed to be
axisymmetric due to the vertical orientation of the tube and
the uniform inlet conditions.

2.2. Governing equations

In formulating the governing conservation equations it
was assumed that the flow is steady and incompressible,
the liquid-mixture interface is smooth, and the liquid and
mixture are Newtonian fluids. The vapor-gas mixture
was treated as an ideal-gas mixture and saturation condi-
tions were assumed at the inlet and the liquid-mixture
interface. The pressure, P, was assumed to be uniform in
the radial direction (i.e., dP/dr = 0); however, P is allowed
to vary in the axial (z) direction. Finally, the axial diffusion
of heat, momentum, and mass are assumed to be negligible.
Thermodynamic and transport properties of the fluids are
calculated at the local conditions as described in [24].

The governing equations in cylindrical coordinates are
as follows:

0 10
> (ppuc) + o (rppoL) =0 (1)
(i) +2 2 (rprunen)
0z LU 7 or PLtLbL
10 Oup, dpP
= (r M efe ﬁ) T T (2)

0 10 10 i oT
P (pLurCpTyL) + P (rpLoCp, TL) = pEw (ML,eff G—rL>

3)
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0 10
§(PMMM) + P E(VPMUM) =0 (4)
&(pMuM”M) +; a(rpMquM)
10 Oup dpP
=T (r:uM,eff V) TPME T (5)
9( CpomT )+1 9( CpmTwm)
0z PmuUmtprmim - or ropOmCpmim
10, AT
T ror TAM it or
190 ow
+ ; a (rpMDeff(CP,g - Cpiv) ETM> (6)
0 10 10 ow
e i) 4 (i) = 2 (oD 5 ) ()

Egs. (1)—(3) govern the conservation of mass, momentum,
and energy for the liquid film, while Eqs. (4)—(6) are the
corresponding conservation equations for the gas phase
(mixture) region. Eq. (7) ensures that the mass of gas is
conserved. The effective viscosity and thermal conductivity
in both phases are defined as follows:

Heir = 11+ 1 (8)
et = A+ A 9)
where

t
M= ”Pif’ (10)

The effective diffusivity in the mixture region is defined as
follows:

Doy = D + D' (11)
where
t
D =D, (12)
PmPCM

In Egs. (10) and (12), the turbulent Prandtl and Schmidt
numbers are set equal to unity in both phases.

2.3. Turbulence models

The turbulent viscosity, u', in each phase is determined
by a choice of one of two modeling approaches: (1) Plet-
cher’s mixing length model or (2) the Jones and Launder
low Reynolds number k—¢ model.

2.3.1. Pletcher’s mixing length model

Pletcher [11] developed a mixing length model for turbu-
lent boundary layer flow with transpiration that is based on
the damping function proposed by van Driest. When using
this model, the turbulent viscosity is determined with the
following equation:

%
or

t 2

po=pt (13)

where /£ is the mixing length defined by

0.0896pL
£=041D" fory <= (14)
and
- 0.08955

When this model is used in the liquid region, y is the dis-
tance measured from the wall. When it is used in the mix-
ture region, y is the distance into the mixture, measured
from the liquid-mixture interface. The boundary layer
thickness, dp1, is defined as the location at which the veloc-
ity is 99% of the free-stream value. In the film, the free-
stream value is the velocity at the liquid-mixture interface.
In the mixture a velocity relative to the interface velocity is
used and the free-stream value is the center line velocity.
The damping function, D”, is given by

1/2
" —Po) [ TTt
D' =1- 16
“%%%Qm>] (16)

The subscript 0 in the above equation refers to the wall for
the liquid region and the interface for the mixture region.
The shear stress 7 is defined by

t=1(l + VU™ +P"y") (17)
where
vy u u \ dP
vi=2 Ut=—, Pt=(——)—"—
0 ura urv <p2u2> dZ7
T=EE =Vl (18)

The shear stress for a fully developed turbulent region, g,
is evaluated at y* = 26.

2.3.2. The Jones and Launder k—¢ model

In the Jones and Launder low Reynolds number k—¢
model [20], the turbulent viscosity is determined from the
solution of the transport equations for the turbulent kinetic
energy and the dissipation rate. One of the benefits of this
model is that it is valid in the viscous sub-layer and there-
fore it can be applied right up to the wall in the liquid
region and to the interface in the mixture region.

The turbulent kinetic energy and dissipation transport
equations have the same form in both the liquid film and
the mixture region, and will therefore be shown only once
for the liquid region. The transport equations are

0 10
% (ppucky) + A (rpLocky)

10 W\ okl (Au\? OVEL\’
—— Laa B il Sy )
r or [r (HL + o‘k> 6r} T or Préc M or

(19)
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and

0 10
> (pruver) + o (rppoLeL)

_1 0 /,ti aSL eL GuL 2
—;awﬁz)a T \or

2 t 2 2
_ &L A Mipy (OTuL
Ca e 214 (7 o

The constants used in Eqgs. (19) and (20) are: o, = 1.0;
o.,=1.3; C; =1.55; /o =1; and

Cy, =2.0(1 —0.3exp(—Rel)) (21)
where Rej =Zt—f§ The turbulent viscosity is determined
from

ny = (Cufupiki) /e (22)
where C,, = 0.09 and

S =exp(—2.5/(1 + Re} /50)) (23)

2.3.3. Definitions of the three overall turbulence models
Three overall turbulence models were defined in terms of
the choice of model in each phase:

e TM1: the Pletcher mixing length model in both phases.

e TM2: the Jones and Launder low Reynolds number k—¢
model in both phases.

e TM3: the Pletcher mixing length model in the liquid film
and the Jones and Launder low Reynolds number k—¢
model in the mixture region.

These definitions will be used later in the presentation of
model results.

2.4. Boundary conditions

The boundary conditions for Egs. (1)—(7), (19) and (20)
are

e At the tube wall (r = ry):

uL:ULZkLZSL:O (24)
TL = Twall (25)
e At the liquid-mixture interface (r = ry — 9):
UL = um (26)
TL=Tm= T (27)
Ou Ou
#L,effaT,L = .uM,effai:A (28)
dé dé
pLUL+ P uL—> = (p oM+ p uM—> =Ji (29)
( - - dZ int M M dZ int '
oTy . 0T m
)vL,effF = Imer 3 =~ Ji e (30)
ow
JﬁnW—pMDeffE:O (31)
k]_ =L = 0 (32)

e At the center line (r = 0):
GuM aTM _aW_GkM _a&'M

T (33)
UMZO (34)

At the inlet, the film thickness is zero, the liquid temper-
ature is set to Ty, and the velocities in the liquid region are
set to zero. In the mixture region, uniform inlet profiles of u,
T, W, and P are specified; the v velocity is set to zero. When
the k—e model is used, k£ and ¢ inlet values are equal to zero
in the liquid region. In the mixture region, a uniform k inlet
profile is specified, computed using ky = 1.5%42,, where 1
is the turbulence intensity; / = 0.037 was used in this work.
A uniform inlet profile for &, was computed using

3/2
EM = Ky /(067‘0)

One additional equation is required to complete the
mathematical model. The local pressure gradient, dP/dz,
is determined using the following global mass conservation
constraint:

rog—9 ro min
/ opumr dr + / pLuprdr =— (35)
0 ro—5 2n
For a specified vapor—gas mixture at the inlet of the tube,
the required input values for solving the above model are
the radius ro, uin (01 Rein), Tin (OF Pin), Win, and Ty (or
ATip).

3. Numerical solution method

A numerical solution was developed based on the math-
ematical model described by Eqgs. (1)—(7) plus boundary
equations and auxiliary relations. Before discretizing the
transport equations and boundary conditions, a transfor-
mation of coordinates was made from the r—z coordinate
system to an 5—y coordinate system, such that the cen-
ter line is at # =0, the liquid-mixture interface is at
n =1, and the wall is at n = 2. The equations that relate
the n—y coordinate system to the r—z coordinate system
are [25]

y=z forz>=0 (36)
;7:2—(}’075_6 for (r —0) <r<r (37)
and

,
= for0<r<(rp—>9 38
1=y for0<r<n-9) (38)

The solution domain was divided into control volumes and
the transformed equations were discretized using a finite
volume method [25]. For convenience, the v-velocity com-
ponent was substituted with the mass flux J”, which is de-
fined in Eq. (29). Throughout the discretization process,
upwind approximations were used for the control volume
faces in the y-direction and the exponential differencing
scheme was used for the control volume faces in the n-direc-
tion. A Newton-Raphson linearization was used on all
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non-linear terms in Eqgs. (1)—(7). A set of non-linear alge-
braic equations was produced for the eleven solution fields
(ML,J£7 TL, uM"];\//I’ TM, I/V7 kM,kL78M, and EL) and the two
scalars (dP/dy and J). The kinetic energy and dissipation
rate equations were solved only as needed. Zero-width con-
trol volumes were used to apply boundary conditions at the
center line, the liquid-mixture interface, and the wall.

The discretized equations were solved starting at station
1 (the first row of control volumes in the liquid and the
mixture) and proceeding station-by-station in the y-direc-
tion. The coupled linearized equation set (excluding the
turbulence model equations) was solved directly using a
bordered-matrix algorithm and a block TDMA [25]. After
each solution of the linearized equations, under-relaxation
was applied to the uy, J7, up, and Jy, fields and to the val-
ues of dP/dy, and 6. Typical values of the relaxation
factors used are: 0.6 for u and J”, and 0.1 and 0.2 for
dP/dy, and 8, respectively. The turbulence model equations
were solved either by simple algebra when the mixing
length model was employed, or by a TDMA for each equa-
tion when the k—¢ model was used. To achieve convergence
of the full set of coupled, non-linear equations at an axial
station, iteration of the block TDMA and the turbulence
model equation solution was performed. Overall conver-
gence of the fields from the coupled equation solution
was evaluated using

(pn _ (pnfl

p (39)

’}):

where ¢ = {u,J”7 T, W,é,‘;—{/’}. Convergence was declared
when y < 1% 1077 for all nodal values of all the fields
was achieved. When the k—¢ model was used, convergence
of both the fields was evaluated using

(pn _ q)nfl

n — n
(Pmax (pmin

Y= (40)

Convergence was declared when y < 1 x 1077 for all the
nodal values of k& and ¢ was achieved. When the mixing
length model was used, convergence of all nodal values
of the turbulent viscosity was checked using Eq. (40), and
convergence was declared when 7 < 1 x 10~ was achieved.
The station-by-station marching solution proceeded along
the tube until the prescribed tube length was reached, com-
plete condensation was achieved, or flow reversal (negative
values of u) occurred.

In order to ensure grid-independent results, tests were
performed using grids with nodal distributions of 40-100
nodes in the liquid region, 60-120 nodes in the mixture
region, and 2000-5000 nodes in the axial direction for a
tube length of 2.2 m. In the radial direction, the grid was
uniformly distributed in # in the liquid region and geomet-
rically contracted toward the interface in the mixture
region. In the axial direction, the grid spacing expanded
geometrically away from the inlet at the same rate in both
phase regions. In these tests, the relative change between
results for grids of different resolutions were computed

for values of selected u and T profiles and for the axial dis-
tributions of d, dP/dy, and local Nusselt number. A grid of
80 nodes in the liquid region and 100 nodes in the mixture
region at each station and 4000 nodes in the axial direction
produced changes of less than 0.1% relative to more refined
grids. This level of grid resolution or better was used for all
results presented here.

The numerical solution was implemented in an in-house
computer code which was thoroughly tested for consis-
tency. In addition, both laminar and turbulent flow valida-
tion tests were performed as checks of the mathematical
model. For the case of laminar flow, good agreement was
obtained when the results from the model were compared
with the analytical solution of Nusselt [1], with the numer-
ical results of Dobran and Thorsen [4], and with an analyt-
ical solution for end of condensation conditions [25]. For
the case of turbulent flow, the code was set up to model tur-
bulent single phase flow in a pipe, and the Jones and Laun-
der low Reynolds number k—¢ model was used. The model
results were then compared with the experimental data of
Nikuradse [26] and good agreement was obtained [25].

4. Comparison with previous studies
4.1. Numerical studies

The results of the present model were compared with
those from two previous numerical studies mentioned ear-
lier: Panday [10] and Yuann [19]. For the first comparison,
the present model used the Pletcher mixing length model in
both phases (model TM1) for condensation of pure steam
to match the approach of Panday. Fig. 2 is a plot of the
axial variation of local Nusselt number for two inlet Rey-
nolds numbers. Also shown in the plot is the prediction of
the correlation by Chen et al. [3], which was used for com-
parison in [10]. Fig. 2a shows that both numerical results
and the correlation are in good agreement at a Reynolds
number of 37,700. In Fig. 2b, the results at a Reynolds num-
ber of 94,300 show that there is greater deviation between
the two numerical results, with the present model having
better agreement with the correlation of Chen et al.

Fig. 3a and b shows comparisons of the present model
and the results of Yuann [19] for axial variations of dimen-
sionless film thickness and local interfacial heat transfer
coefficient. These comparisons are made for pure steam
and for a steam-air mixture with an inlet mass fraction of
0.4. In this comparison, the present model used the low
Reynolds number k—¢ model of Jones and Launder to
model turbulence in both phases (model TM2) to be consis-
tent with Yuann’s approach. Note that the local interfacial
heat transfer coefficient plotted in Fig. 3b is defined as
q"/(Ting — Twan) to be consistent with the definition used
by Yuann. The results of the two numerical models shown
in Fig. 3 are more similar for the case with pure steam than
for the case with an inlet gas mass fraction of 40%.
Although the governing equations and the turbulence
model are similar between the two models, there are several
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Fig. 2. Local Nusselt number comparison with Panday [10] and Chen
et al. [3] for (a) Re;, = 37,700 and (b) Re;, = 94,300.
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Fig. 3. Comparison with Yuann [19] for P;, =276 kPa, iy, = 40 kg/h,
with AT, =7.53K for Wj,=0 and AT, =2.13K for W,,=0.4; (a)
dimensionless film thickness, and (b) local heat transfer coefficient.

differences that could explain the deviation in the results.
First, Yuann used a boundary condition of g—j =0 at the
center line. Second, when the inlet mass flow rate, temper-
ature, and pressure were set to match Yuann’s data for a
given tube, it was found that the resulting inlet Reynolds
number did not always agree. Moreover, the agreement
was good for pure steam, but for air-steam mixtures the
inlet Reynolds number given by Yuann was always higher
than those computed for the present model, with the devi-
ation increasing with W;,. Because the equations for calcu-
lation of the mixture properties were the same for Yuann
and the present model, it was concluded that the evaluation
of air viscosity by Yuann was the source of the discrep-
ancy. The values of air viscosity in the present model were
verified against standard tables. Finally, Yuann used a grid
structure in the r—z co-ordinate system. This grid structure
requires a complicated method of advancing from one sta-
tion to the next. The present model, on the other hand,
always has the liquid-mixture interface clearly defined with
the same number of radial-direction nodes at all stations
along the tube. Further details on these comparisons can
be found in [25].

4.2. Experimental studies

The experiments of Goodykoontz and Dorsch [21], Sid-
dique [22], and Kuhn [23] were selected for assessment of
the present numerical model predictions using the three

Table 1
Experimental runs chosen
Run # Rein Pin [de] ATl [K] Xin
Runs chosen from Goodykoontz and Dorsch [21]
3 82,900 243 11.8 0.99
4 90,500 252 12.6 0.99
5 37,600 269 14.8 0.96
6 45,100 307 13.2 0.96
7 64,500 265 16.8 0.97
9 27,800 138 12.5 0.94
VVin
Runs chosen from Siddique [22]
1 6,000 107 7.4 0.09
6 7,330 133 28.8 0.33
13 4,840 389 26.2 0.11
17 5,790 475 60.3 0.34
35 17,300 109 0.7 0.11
40 23,700 137 1.8 0.35
47 19,200 386 6.5 0.10
52 23,100 485 15.3 0.35
Runs chosen from Kuhn [23]
1.1-1 36,500 116 43 0
1.1-5 32,200 502 17.8 0
1.4-2 18,500 108 5.9 0
1.4-5 15,700 499 12.9 0
3.5-2 48,900 205 13.9 0.38
3.5-5 43,700 493 28.8 0.37
4.5-2 24,500 202 20.7 0.40
4.5-5 23,400 503 36.2 0.38
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turbulence models defined in Section 2.3. Test cases cover-
ing a variety of conditions were chosen from each of these
three experiments, and for each case the program was run
using turbulence models TM1, TM2, and TM3. In all
cases, the model inlet boundary conditions were prescribed
with fully developed single phase turbulent flow profiles.
These profiles were obtained from the exit plane of a sepa-
rate code run for a sufficiently long tube under the same
operating conditions. In addition, the tube wall tempera-
ture was prescribed using a polynomial curve fit to the wall
temperature data given in the experimental results.
Goodykoontz and Dorsch [21] presented results for 14
experiments on condensation of pure steam in a vertical
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tube with ro = 7.95 mm. The six runs from Goodykoontz
and Dorsch’s experiments that were chosen for comparison
are summarized in Table 1. Because the inlet quality in the
present model is always 100% and that in the Goodykoontz
and Dorsch experiments was not, the comparison of results
is based on an adjustment of the z-axis origin for the
numerical results. An inlet boundary condition of 100%
quality was used in the present numerical model, and for
comparison purposes, z =0 was re-defined as the point
where the code-predicted quality was equal to the inlet
quality given in Table 1. Fig. 4a—c are plots comparing
the local heat transfer coefficient from the present numeri-
cal model using turbulence models TM1, TM2, and TM3,

d 5x1 04 T T T T T T T
Goodykoontz and Dorsch [21]  Rei, = 90,500
4x10° run 4 P, =252 kPa |
X AT, =126 K
W,=0
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0 1 1 1 1 1 1 X 1
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Goodykoontz and Dorsch [21] ~ Re;, = 45,100
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f 3X1 04 T T T T T T
Goodyoontz and Dorsch [21]  Re;, =27,800
2.5x10° run 9 P, =138 kPa |
AT, =125K
W,=0
2x10°H n
Nx f,=7.95mm
[ . model TM3
S ot model TM1 1
_é 1x10* [ model TM2 ]
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Fig. 4. Comparisons with Goodykoontz and Dorsch [21] of overall heat transfer coefficient for six runs using (a) model TM1, (b) model TM2, and (c)
model TM3, and of local heat transfer coefficient using all three models for (d) run 4, (e) run 6, and (f) run 9.
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respectively, with the experimental results. Overall, model
comparisons show reasonable agreement with the experi-
ment over this wide range of conditions. Model TM2,
however, produced the best agreement, with 61% of the
numerical data being within +£40% of the experimental
data. Sample results of comparisons of the numerical and
experimental results for axial variation of local heat trans-
fer coefficient are shown in Fig. 4d-f. The model TM2
predictions show a reasonably good agreement with the
experiments, especially for runs 6 and 9. Models TM1
and TM3 tend to significantly over-predict the heat transfer
coefficient in the last two-thirds of the tube length.
Siddique [22] presented a total of 52 steam-air experi-
mental runs in a tube with ry=2.30 cm, and the eight

10
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which were chosen for comparison are listed in Table 1.
In Fig. 5, the local heat transfer coefficient calculated from
the numerical model using each of the three turbulence
models is plotted versus Siddique’s experimental results
for those eight runs. Fig. 5a shows that there is significant
deviation from the experiment in the results for model
TMI1. The results for models TM2 and TM3 are plotted
in Fig. 5b and c, respectively. The results from using mod-
els TM2 and TM3 are very similar to each other, with the
results for model TM3 being marginally better. For these
eight runs, the predictions using model TM3 were within
+30% of the experimental results for 64% of the data
and within +40% of the experimental results for 89% of
the data. The axial distributions of the local heat transfer

d 4000 . . : . . . :
Siddique [22] Re;, = 6,000
3500 run 1 P, =107 kPa 7
3000 W,, =0.087
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0 1 1 ! 1 X X
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Fig. 5. Comparison with Siddique [22] of overall heat transfer coefficient for eight runs using (a) model TM1, (b) model TM2, and (c) model TM3, and of
local heat transfer coefficient using all three models for (a) run 1, (b) run 47, and (c) run 52.
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coefficient for three of the eight test cases are plotted in
Fig. 5d-f. These plots show that the results using models
TM2 and TM3 are very similar and are both better than
those produced using model TM1.

Kuhn [23] presented a total of 81 experimental runs
involving steam (with and without air) for a tube with
ro =2.375 cm. From this set of runs, four runs with pure
steam and four runs with high inlet gas mass fraction were
selected, as summarized in Table 1. Fig. 6 shows the com-
parison with experimental data of the present numerical
results using the three turbulence models. Fig. 6a shows
greater deviation exists between the model TMI results
and the experimental data for the runs containing air than

10°
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for the runs with pure steam. The agreement with the
experiments improves for model TM3 results, seen in
Fig. 6c, but is best for model TM2, as seen in Fig. 6b.
For these eight runs, the model TM?2 results were within
+15% of the experimental results for 86% of the data
and within £30% of the experimental results for 98% of
the data. The good agreement between model TM2 predic-
tions and the experimental results of Kuhn can also be seen
in the axial distributions of local heat transfer coefficient
plotted for three runs in Fig. 6d-f.

It is pertinent to briefly discuss the different methods of
evaluating the coolant bulk temperature that were used in
each of the three experiments that were chosen for compar-
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Fig. 6. Comparison with Kuhn [23] of overall heat transfer coefficient for eight runs using (a) model TM1, (b) model TM2, and (c) model TM3, and of
local heat transfer coefficient using all three models for (a) run 1.1-1, (b) run 3.5-2, and (c) run 4.5-2.
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isons, as this can have a large influence on the value of the
local heat transfer coefficient. In all three experiments, the
local heat transfer coefficient was calculated using

q:

hZ st - Twall (41)
where Ty, is the saturation temperature corresponding to
the partial pressure of steam, evaluated at the average
gas mass fraction across the tube. The wall heat flux is
determined from an energy balance on the coolant in the
annulus around the tube:

q;/ _ *mcwcpjcw ClTb.cw (42)

7 dz

where T, ., is the local bulk temperature of the coolant.
Goodykoontz and Dorsch [21], Siddique [22], and Kuhn
[23] all used different methods to measure the coolant bulk
temperature. Goodykoontz and Dorsch used one thermo-
couple in the annulus per axial measurement station and
used that local temperature measurement as the coolant
bulk temperature. Large errors could occur with this meth-
od for cases of low coolant Reynolds number, where large
temperature differences across the annulus channel could
exist. Siddique also used one thermocouple in the annulus
at each axial measurement station. Mixing was promoted,
however, by injecting air bubbles into the coolant flow.
This method is designed to overcome the aforementioned
drawback of the method used by Goodykoontz and
Dorsch, but uncertainties due to local fluctuations still ex-
ist. Kuhn developed a new method of determining the cool-
ant bulk temperature, based on measuring the annulus
inner and outer wall temperatures. Kuhn numerically
solved for the velocity and temperature profiles for ther-
mally and hydrodynamically fully developed flow in an
annulus. For a specific coolant mass flow rate, coolant
properties, and geometry, Kuhn tabulated 7y, . as a func-
tion of the inner and outer annulus wall temperatures,
which were measured by one pair of thermocouples at each
axial measurement station. While this method relies on the
assumption of fully developed conditions at all stations in
the annulus, it was judged to be the most accurate of the
three approaches [25]. It is noteworthy that it is with the
experiment of Kuhn that the present numerical model
showed the best agreement. Moreover, considering the
comparison with experiments of the results of the three tur-
bulence models, model TM2 showed the best agreement
overall.

5. Results and discussion

A study was performed to examine the effects of changes
to selected input parameters to the present model for
steam-air flow in a vertical tube. For this study, turbulence
model TM2 was chosen, uniform inlet profiles and con-
stant wall temperature were prescribed, an inlet pressure
of 1 atm was used, and the radius of the tube was 1 cm.
Under these conditions, the remaining model input param-

eters are the inlet values of: the Reynolds number, the air
mass fraction, and the difference in temperature between
the mixture and the tube wall. In this study, the Reynolds
number varied from 20,000 to 60,000, the air mass fraction
varied from 0.0 to 0.2, and temperature differences of 5 K
and 10 K were used. Sample detailed results of the axial
development of the flow are presented first, followed by
the results of a parametric study.

Fig. 7 presents plots of the axial variation of selected
solution variable profiles for the case of inlet Reynolds
number of 40,000, inlet air mass fraction equal to 0.1, and
inlet temperature difference equal to 5 K. In Fig. 7a the pro-
files of the dimensionless axial velocity show the square inlet
profile shape at z* = 0.01. There is a slight increase in the
peak mixture velocity near the inlet (at z* = 10), followed
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Fig. 7. Profiles of (a) dimensionless axial velocity, (b) dimensionless
temperature, and (c) gas mass fraction at various axial locations for
Rey,, = 40,000, Py, =1 atm, W;, =0.1, AT}, =5K, ro=1cm.
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by a continuous reduction down the tube thereafter due to
mass removal. The film velocity is increasing axially, and is
much smaller in magnitude than that of the mixture. Fig. 7b
illustrates how the dimensionless temperature is reduced by
the axial build up of air. The temperature profiles also show
a nearly linear shape in the film. In Fig. 7¢c, the aforemen-
tioned axial build up of air is clearly shown. In that graph
it is also interesting to note the large gradient of W at the
interface near the inlet (i.e., at z* < 10) where the condensa-
tion rate is highest. The interface gradient of W is highest
very near the inlet, and decreases axially. Examination of
the film thickness showed rapid growth of the film near
the inlet where the condensation rate is the greatest. As
expected, the maximum Nusselt number occurs at the inlet,
with a sharp decrease as the film builds up. Plots of the axial
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Fig. 8. Effect of change in Re;, on axial variation of (a) the dimensionless
film thickness, (b) the local Nusselt number, and (c) Nu, /Re?r'l5 for
Py, =1atm, W;, =0.1, AT;, =8K, ro=1cm.

variation of the film thickness and local Nusselt number will
be presented next with the discussion of the parametric
study undertaken.

The effect on the model results of changing the inlet
Reynolds number can be seen in Fig. 8. In Fig. 8a, the axial
variation of film thickness shows predictions of decreased
film thickness near the inlet as the Reynolds number is
increased. Even though the condensation rate is higher
for higher inlet Reynolds number, the film is initially thin-
ner because the interface velocity is higher due to a signif-
icant influence of interfacial shear. Further along the tube,
the interfacial shear becomes less significant and the film is
thicker for higher inlet Reynolds number because of the
increased inlet mass of vapor. The curves in Fig. 8b show
that the local Nusselt number is initially greater for higher
inlet Reynolds number and much smaller for all inlet Rey-
nolds numbers at distances of z* equal to 100 and greater.
It is interesting to note, as shown in Fig. 8c, that the curves
plotted in Fig. 8b nearly collapse onto one curve when local
Nusselt number is normalized by the square root of the
inlet Reynolds number.

Fig. 9 presents model results for two inlet temperature
differences at two values of inlet Reynolds number. In
Fig. 9a, the results show that, for a given inlet Reynolds
number, the film thickness increased with increased
AT;,. A greater temperature difference produces a greater
condensation rate, which increases the film thickness. For
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Fig. 9. Effect of change in AT;, on axial variation of (a) the dimensionless
film thickness and (b) the local Nusselt number at two inlet Reynolds
numbers for Py, =1 atm, Wi, =0.1, ro=1cm.
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Fig. 10. Effect of change in W, on axial variation of (a) the dimensionless
film thickness and (b) the local Nusselt number for Re;, = 40,000,
P,=1atm, AT;, =5K, ro=1cm.

a given AT, , the effect of Reynolds number is the same as
that seen in Fig. 8a: the film for the higher inlet Reynolds
number is initially thinner, becoming thicker than the lower
inlet Reynolds number film at some distance farther down
the tube. Although it is not shown due to the scale used in
Fig. 9a, it was noted that below z* =25, the film thick-
nesses for both temperature differences at Re;, of 40,000
were both thinner than the corresponding cases at Re;, of
20,000. Furthermore, for each Reynolds number, the
higher temperature difference produced the thicker film.
Farther down the tube, the Re;,, =40,000 cases of
AT;, =10K and AT;,=5K developed to produce the
thickest and second thickest films of the four cases, respec-
tively. Fig. 9b shows that the local Nusselt number
decreases with increased ATy, even though the local heat
flux increases with AT;,, due to the thicker film.

The effect on model predictions of changing the inlet air
mass fraction is shown in Fig. 10. In Fig. 10a, the film
thickness decreases with increased inlet air mass fraction
due to the reduced condensation rate. For the case of pure
steam under the conditions used, reverse flow was encoun-
tered at z* of approximately 580. The reduction in conden-
sation rate with increased gas mass fraction is also seen in
Fig. 10b through the local Nusselt number reductions. For
example, compared to the pure vapor case, the local Nus-
selt number at z* = 0.01 is reduced by more than 30% for
an inlet air mass fraction of just 10%.

6. Summary and conclusions

A numerical model is presented for film condensation
from a turbulent gas—vapor mixture in axisymmetric down-
ward flow in a vertical tube, based on the complete two-
phase parabolic governing equations. No profile assump-
tions or additional correlation equations for interfacial
heat and mass transfer are needed. Likewise, there was
no use of a heat and mass transfer analogy, a diffusion
layer, or a stagnant film analysis. A finite volume method
was used for discretization of the governing equations of
conservation of mass, momentum and energy in each of
the liquid film and the mixture regions. A marching, fully
coupled solution scheme is used on a mesh that adapts to
the changing film thickness, which is a solution variable.
Three turbulence models were used that are based on cer-
tain combinations of either a mixing length or a k—¢ turbu-
lence model in each of the two phases. The axial velocity,
transverse-direction mass flux, temperature, gas mass frac-
tion, film thickness, and local axial pressure gradient were
computed using a fully coupled approach, with the turbu-
lence model equations solved separately. This numerical
model was compared with a total of 22 runs taken from
three experiments for condensation of pure steam and from
steam-air mixtures in vertical tubes. These comparisons
covered a wide range of conditions and indicated that the
turbulence model with the k—¢ model in both phases pro-
duced the best overall predictions of the experiments. Other
comparisons were made between the present model predic-
tions and the results of two other numerical models and a
correlation equation. In addition, a parametric study was
performed on the effect of changing the inlet Reynolds
number, the inlet-to-wall temperature difference, and the
inlet gas mass fraction for steam-air mixtures. An increase
in the inlet Reynolds number produced a film that is thin-
ner near the inlet due to significant interfacial shear effects,
but thicker overall further down the tube. An increase in
the inlet-to-wall temperature difference produced thicker
films due to a higher rate of condensation. Finally, an
increase in the inlet gas mass fraction produced a thinner
film due to the build up of gas at the liquid-mixture inter-
face and a resultant reduction in the rate of condensation.
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